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Abstract. The conversion of biomass into bulk chemicals provides the potential for multiple 
environmental and economic benefits. While current research in industrial biotechnology focuses 
primarily on biocatalysts, a significant opportunity exists when combining biological and chemical 
catalysis into one process train. This hybrid process approach will potentially produce a wide array of 
economically viable molecules. One test-case of this hybrid approach is the production of sorbic acid 
via biocatalytic conversion of glucose to 4-Hydroxy-6-methyl-2-pyrone (HMP), followed by catalytic 
conversion of HMP to sorbic acid. Current collaborative research has developed this process to the 
stage where gram-quantities of biologically-produced HMP have been delivered to catalysis to 
produce butyl sorbate (a hydrolysis step can then take this to sorbic acid). Although the final process 
details needed for a detailed technoeconomic analyses are several years away, it is desirable to 
understand a coarse structure of the economics of such a process. Such an understanding can 
provide insight into opportunities for process improvement, as well as into fundamental 
technoeconomic limitations of the approach. To this end, we have developed a spreadsheet-based 
model of this hybrid process and have estimated the sorbic acid production cost from the process, 
which are then compared to current wholesale prices. We also report results of a comprehensive 
sensitivity analysis to demonstrate potential process improvements. 
Keywords. Model, Industrial Biotechnology, Sorbic Acid, 4-Hydroxy-6-Methyl-2-Pyrone, Techno-economic.  
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Introduction 
As petroleum continues to rise in price, bulk chemical production from biorenewable feedstocks 
becomes increasingly attractive. While bulk chemicals use less than 5% of a barrel of oil, they 
generate nearly 50% of the economic activity resulting from refining a barrel of oil. This creates 
potential for the derivation of chemicals from biomass on an economic basis with greater ease 
than fuel because of the greater profit margin per unit and because the total demand for carbon 
for chemicals is much lower than that for fuel. While the investigation for chemicals from 
biomass is nothing new (e.g., Cysewski and Wilke, 1978; Maiorella et al., 1984), new tools for 
improving biocatalysts have been steadily developed. These new tools (Jones and Kompala, 
1999; Nevoigt, 2008) that serve metabolic engineers can enable rapid advancements in our 
knowledge base and a few (de Wit et al., 2010) have sought to predict where current research 
exists along the learning curve to a mature technology. Yet, little information exists regarding 
the production cost of bulk chemicals via these novel routes. While several projects have looked 
into the overall market potential of these biocatalyst-produced chemicals (Patel, 2006; Werpy 
and Petersen, 2004), the scope of the studies has been limited to chemicals that can be 
produced via biocatalysts only; no chemical catalysis step has been needed to bring these to 
market. Additionally, some scoping has been done on the direct catalysis of fructose to 
chemicals (Kazi et al., 2011), but it does not take advantage of producing upgraded 
intermediates from biocatalysis.  
 Recent technoeconomic work has focused on the short-term development of these 
chemicals, and on fuels(Jun et al., 2007; Song and Lee, 2006; Van Wegen et al., 1998), but 
there has been limited focus on single-site (Delhomme et al., 2009) or “one-pot”(Marr and Liu, 
2011) processes where chemical upgrading of these products occurs at the same plant as the 
production of the intermediate. While the “one-pot” process focuses on commodity chemicals 
rather than on bulk chemicals, the principles remain the same. The “one-pot” approach of 
combining biocatalysis and chemical catalysis into a single plant design can realize significant 
benefits over multiple unit operations both economically and from a lifecycle point of view. While 
the lifecycle analysis (LCA) must still be evaluated independently for each process, the 
Economic-Input-Output LCA (EIO-LCA) developed at Carnegie-Mellon University suggests that, 
in general, cheaper processes imply lower impacts (especially when changes in cost stay within 
the same sector – for example as with purchasing a smaller fermentation tank). The process 
uncertainties in the nascent industrial biotechnology sector likely present greater uncertainty 
than the EIO-LCA itself, so another reason to develop a coarse techno-economic assessment 
(TEA) of a sequential biological-chemical process is to help serve as a marker for economic and 
renewability improvements in the developing industry.  
 As with most economic ventures in the chemical industry, a first-pass or coarse 
assessment is needed to assess viability and identify limiting steps in the process, thereby 
guiding the development process. Researchers within the NSF Engineering Research Center 
for Biorenewable Chemicals (CBiRC), have identified and bench-validated several potential 
end-products from a sequential process train after examining plausible paths and connections 
between biologically producible compounds and chemical catalysis. One such product is sorbic 
acid, on which this coarse model focused. Current sorbic acid production involves the use of 
petrochemical feedstocks to produce a combination of sorbic acid and sorbate salts that both 
serve as anti-microbial agents in the food industry (Bohnet, 2003). Results from the coarse 
model are benchmarked against commercial sorbic acid prices of approximately $4.50 kg-1, the 
commercial prices resulting from a process utilizing ketene generation to polymer formation 
(Dorko et al., 2000). 
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 The model developed for the purpose of evaluating the sequential sorbic acid production 
train incorporates key parameters from laboratory studies, such as yield, titer, selectivity, and 
conversion. These inputs fixed the parameterization of the model around which assumptions 
and best design practices were implemented to characterize the entire process. The model 
evaluates sorbic acid production in an optimistic manner for the purposes of providing insights 
into key bottleneck in the proposed process. In so doing, the model may provide early-stage 
feedback to guide future research and design of this process. No final purification process exists 
for sorbic acid for this potential route, but many have been speculated. Specifically, the butyl 
sorbate that comes from the catalysis step must be hydrolyzed and purified, but the design and 
economic evaluation of this stage is extremely difficult as no lab data exists. While hydrolysis 
remains a trivial step by simple addition of water to push the equilibrium between the ester and 
the acid towards the acid, the sorbic acid partitions to the organic solvent (Dharmadhikari, 
1992). To move the sorbic acid to the aqueous solution, salts have been used (Hans Fernholz, 
1973) to increase crystallization efficiency. These final purification steps create a distillate 
stream containing water and n-butanol (hereafter referred to as butanol), hydrolysis streams 
containing water with salts, butanol, and product, and eventually a product stream along with a 
wastewater stream. For cost estimation, the butanol lost to the butyl sorbate is non-trivial 
because sorbic acid binds at a 1:1 molar ratio, and recovery of this butanol must occur via a 
recovery and recycle loop to be economically viable. Butanol can be recovered from water 
through decantation assuming that no catalysis steps are inhibited by butanol saturated with 
water; however with the presence of salts, separation is no longer trivial. Salts possess the 
ability to foul the catalyst, which cannot be overlooked in the design process. Overall uncertainty 
exists regarding purification techniques, catalyst fouling, and solvent choice, but these issues 
were not considered in detail in this work. 
 As the model aims to provide insight and early feedback, three scenarios were 
investigated to explore the impact of likely parameter changes on process economics improved. 
The baseline scenario used estimates of readily attainable parameter values, while short-term 
and long-term scenarios examined process economics assuming medium and large 
(respectively) improvements in process parameters such as yield and catalyst life. The baseline 
scenario estimates how far current technology is from target economic viability, while the long-
term scenario illustrates how the process economics might look once industrially viable 
performance parameters have been achieved, and can provide feedback on current design 
decisions. The short-term scenario illustrates how small changes in key parameters can provide 
large gains in economic viability. This intermediate scenario is important because it has the 
potential to speak to pilot-scale plants and startup companies looking to make the last jump 
from the short-term to long-term values. The scenarios are listed below with changes from one 
scenario to the next being highlighted in yellow. 
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Figure 1: Summary of scenarios investigated in this work showing key parameter values. Changes between scenarios are 
highlighted in yellow text. 
Process 
Fermentation 
 The process begins with the microbial conversion of glucose to 4-Hydroxy-6-methyl-2-
pyrone but is commonly and hereafter referred to as triacetic acid lactone, or TAL. We assumed 
that a strain of S. cerevisiae would be used as a biocatalyst, and that it would be realistic at 
present for such an organism to achieve a productivity, titer, and yield of 0.02 g·L-1·hr-1, 1.0 g·L-
1, 0.10 gTAL·gglucose-1. Due to the organism’s growth requirements, the media utilized is YEP 
complex media, although improvements are expected to reduce these requirements. Further 
details on the biocatalysts cannot be presented here due to potential conflicts with upcoming 
peer-reviewed publications. 
Separation 
While separation has not been studied extensively, bench-scale separations have been 
conducted so that biologically-produced TAL can be subjected to subsequent catalysis 
(Dumesic personal communication). The bench methods used two adsorption columns to 
recover TAL from spent broth from fermentation. Details cannot be presented here due to 
potential conflicts with upcoming peer-reviewed publications. While uncertainties exist regarding 
the full-scale implementation of extraction and separation methods, bench-scale proof of 
concept has been achieved. 
Catalysis-Hydrogenation & Solid Acid Catalysis 
 As with separations, details of the methods and current performance of the multi-stage catalyst 
system will not be presented here because of pending peer-reviewed publications. Current 
studies are investigating multiple catalysts to improve rate, selectivity, conversion, and non-
fouling surfaces that present opportunities for significant economic and process improvements 
(Dumesic, personal communication).  
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Purification 
 As of this writing, no product has yet been purified, nor has the product sorbic acid been 
created. The butyl sorbate must be hydrolyzed, but upon hydrolysis, the sorbic acid remains 
primarily in the organic phase. A likely solution to this will incorporate distillation prior to 
hydrolysis and then exploit the temperature dependent solubility of sorbic acid in aqueous 
solution. Distillation of butyl sorbate in butanol will produce butanol in the distillate and butyl 
sorbate in the bottoms. Further investigation of this in lab scale studies will provide greater 
insight to the purification process.  
Model  
 
This model provides an estimate of, insight into, the production cost of sorbic acid (reported on 
a $/kg basis) from TAL via the process illustrated in Figure 2. To construct the process 
flowsheet in figure 2, the process assumes that fermentation is the first step in which TAL is 
synthesized. The broth from fermentation then undergoes a solids separation prior to loading 
into the adsorption columns. In the first column, the product is adsorbed and the remaining broth 
and constituents are sent to wastewater. The product is then desorbed into butanol, after which 
the butanol/TAL mixture flows through the second adsorption column for amino acid cleanup 
prior to catalysis. In catalysis, the solution flows through a hydrogenation reactor where TAL 
reacts to form HMTP. The butanol/HMTP mixture then enters two stages of solid acid catalysis 
where HMTP undergoes a condensation reaction and then a ring opening at a higher 
temperature, resulting in butyl sorbate. Prior to the final transformation into sorbic acid, the 
butanol solvent must be removed. To remove the butanol, distillation is employed to exploit the 
large relative volatility between the solvent and solute molecules, with the butyl sorbate being 
the bottoms stream. The butyl sorbate is then mixed with water to achieve hydrolysis to sorbic 
acid. Due to its temperature-dependent insolubility in water, sorbic acid can be purified from the 
aqueous solution by a crystallization step involving chilling the solution to ambient temperature 
with no use of refrigerants. The resulting sorbic acid crystals will then be dried and packaged. A 
great deal of uncertainty is associated with the purification steps following catalysis, as no lab 
studies have been conducted on this process, and this portion of the process is not modeled.  
 To approach the design, it was first determined that typical sizes of sorbic acid plants are 
presently in the range of 3,000 to 18,000 Mg per year. An annual production of 19,800 Mg per 
Figure 2: Process Flowsheet 
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year (60,000 kg/day) was selected to constrain process flows, with this relatively large size 
chosen for the benefit of scale and to keep up with an anticipated market expansion due to 
sorbic acid outcompeting benzoic acid as a preservative used in food processing market. This 
annual flowrate was used to constrain the necessary design process to size components within 
the plant. To cost key unit operations, standard scaling laws were used, which correlate 
equipment cost to size {Peters, 2003} in Error! Reference source not found.: 
  (1) 
Where Costnew is the cost of the newly sized equipment, the Sizenew is the size of the new piece 
of equipment, Sizeold is the size of the previously documented piece of equipment, and Costold is 
the cost of the previously documented piece of equipment. The two unit operations that utilize 
the exponent are the fermenters and the catalytic reactors which have exponents of 0.54 and 
0.44 respectively (Peters et al., 2003).  
Other unit operations less critical to the economics have been approximated in step changes 
and have been chosen at indicative sizes relevant to the base-case scenario (i.e. largest size 
available). The model computes upstream flows working backward from the assumed annual 
productivity, via assumptions about yield at each major unit operation. Yields of minor unit 
operations, such as centrifuges and pumps, are assumed to be 100%. The overall approach in 
this model was to compute the equipment costs (i.e., price paid to the manufacturer of the piece 
of equipment) for each unit operation, then to convert the total cost of all pieces of equipment 
into a total plant cost via a Lang factor (ref) which included factors such as material and labor 
costs for installation, engineering expenses and construction overhead, and auxiliary facility 
costs. 
Overall Operating and Economic Assumptions  
With capital costs computed as described above (i.e., find total purchase cost of unit 
operations, convert to overall installed cost via Lang factor), total annual capital payments were 
computed assuming a 10 year, 10% internal rate of return. Overall plant operating time is 
needed to compute process flows, and annual operating hours and unscheduled downtime were 
assumed as shown in Table 2 below. Labor costs were estimated as a fraction of total capital 
invested (Table 2). While plant downtime and labor might be better estimated on the basis of 
single pieces of equipment (Peters et al., 2003), the uncertainty of the models inclusion of every 
piece of equipment, the actual operating hours for each piece of equipment, and amount of 
supervision required for each piece of equipment, was beyond the scope of this project.  
Table 1: Key Economic and Plant Performance Parameters 
Assumption Value Unit Source 
Internal Rate of Return (IRR) 10% yr-1 (Kazi et al., 2010) 
Operating Hours 7920 hrs (Choi and Lee, 1997) 
Unscheduled Downtime 1.1 hrtotal/hruptime
(Van Wegen et al., 
1998) 
    
Operating Labor 10% $ yr-1/$Capital (Peters et al., 2003) 
Lang Factor 3.0 $/$Capital 
(Qureshi and Blaschek, 
2000) 
Comment [DRR1]: Describe Lang factor 
approach earlier. Organize this section in same 
order as items appear in Table 2. 
Comment [DRR2]: If he says 10 – 20%, why not 
use the midpoint (or high point)? 
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The operating-time parameters, along with annual production, guided the sizing of all the 
individual unit operations, thus providing baseline equipment costs, which were then converted 
into overall capital requirements as described previously. Overall capital requirements were then 
converted into annualized capital requirements via an amortization at the assumed IRR and 10-
yr payout, while the labor factor in Table 2 was used to compute an annual labor cost. 
Fermentation 
 Fermentation was calculated using Error! Reference source not found.: 
  (2) 
Fermentation time was amended by a downtime per Table 2 to account for time required for 
removal of broth, sterilization, and filling of new media. Fermentor working volume was 
assumed to be xx% of the total vessel volume.  
The glucose loading per fermentor for the system was derived in Error! Reference source not 
found.. 
  (3) 
Although AlthoughCO2 and cells production can be calculated, by product economic value is not 
considered in this model 
With fermentation producing the key intermediate necessary for all subsequent steps, the total 
number of annual batches was calculated using Error! Reference source not found.. 
 (4) 
Knowing the number of batches run annually, the final titer (assumed previously), and the 
overall plant productivity, and correcting for any mass losses between fermentation and final 
product, the total working reactor volume was computed. Combining this with the maximum 
allowable fermentor working volume allowed computation of the required number of 
fermentation vessels. The cost of these vessels was found as described previously. Additional 
pieces of equipment such as stirring motors and compressors are sized according to Table 2 
and the total capital cost associated with the entire fermentation step becomes the summation 
of all these expenses.  
Table 2: Fermentation Parameters 
Assumption Value Unit Source 
Corn Steep Liquor Inoculation 1% w/w (Rivas et al., 2004) 
Maximum Fermentor Volume 3785 m3 (Humbird et al., 2011) 
Usable Fermentor Volume 80% v/v (Cysewski and Wilke, 1978) 
Downtime Between Batches 20%	 hr/hr (Castilho et al., 2000) 
Cell Mass Yield gcells/gsubstrate (Patel, 2006) 
CO2 Mass Yield gCO2/gsubstrate (Patel, 2006) 
Comment [DRR3]: I don’t think this is really a 
“maximum” – it’s the total that one would get under 
the assumptions listed 
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As extensive lab data is not currently available on the adsorption process utilized for separation 
and the adsorption columns are similar to that of activated carbon, an activated carbon 
adsorption process was mimicked for a similar compound. The compound modeled was 
resorcinol as resorcinol is fairly closely related to TAL. Then from this extrapolation, modeling of 
the adsorption process can derive parameters from an activated carbon process using the 
Freundlich isotherm equation.  
  (5) 
The absorption efficiency is then characterized by the exponential decay function that is then 
translated to a time needed to capture a certain amount of our product by solving the equation: 
  (6) 
where  is the adsorption time constant and  is the percent of product capture desired.  
 
Table 3: Separation Parameters 
Assumption Value Unit Source
Freundlich Constant (Kf) 34.83 kgTAL/Mgcarbon (Kumar et al., 2003) 
Freundlich Exponent (1/n) 0.23 dimensionless (Kumar et al., 2003) 
Adsorption Time Constant 16 hr-1 (Kumar et al., 2003) 
Apparent Density 0.977 Mg/m3 (Kumar et al., 2003) 
Max Column Size 628 m3 (Peters et al., 2003) 
Acetone Use 1% kgacetone/kgbutanol guess 
Significant uncertainty exists in this portion of the model, particularly in regard to the methionine 
content of the fermentation broth in a full-scale system, and these must be addressed in future 
feasibility studies as lab data becomes available. While both columns were modeled using data 
for resorcinol to mimic TAL, and the second column was exclusively for removal of methionine, 
this was our approximation of the process. Significant uncertainty exists in this portion of the 
model, particularly in regard to the methionine content of the fermentation broth in a full-scale 
system, and these must be addressed in future feasibility studies as lab data becomes 
available. 
Catalysis: Hydrogenation 
 A concurrent plug flow reactor was assumed for the hydrogenation, similar to that used 
in glucose to sorbitol systems (James C. Chao, 1982).We assumed the capital and operating 
costs of this recovery loop to be negligible. Reactor size was computed by a combination of 
packing density, catalytic rate, and percent catalyst. Using the necessary volume of reactor to 
achieve a complete reaction, the volume was then translated to a large tube heat exchanger. 
Using an internal diameter of two inches and the max reactor size listed below, size and 
quantity of reactors could be determined per equation 7 below: 
  (7) 
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Table 4: Catalysis‐Hydrogenation Parameters 
Assumption Value Unit Source 
Packing Density 400 kg/m3  (Merck, 2012) 
Max Reactor Size 1000 m2 (Peters et al., 2003) 
Catalysis: Solid Acid  
 For solid acid catalysis, plug flow reactors were assumed, operating at moderate 
temperatures (80 – 200°C). With the large flow of daily solvent and low solubility of TAL in the 
initial butanol, both of these steps were sized based on hydraulically limitations provided by the 
manufacturer. The catalytic reactors were modeled as heat exchangers consisting of two inch 
internal diameter tubes, and costs were computed accordingly.  
 
Table 5: Catalysis ‐ Solid Acid Parameters 
Assumption Value Unit Source
Liquid Hourly Space Volume 
(LHSV) 8 m
3
liquid/m3catalyst (Haas, 2005) 
Max Reactor Size 1000 m2 (Peters et al., 2003) 
 
Purification 
As little literature on butyl sorbate exists, the relative volatility for these two solutions was 
estimated by the boiling point method (Halvorsen and Skogestad, 2000). The resulting relative 
volatility is 13.4. The high relative volatility meant that a total of eight stages appeared to be 
optimal, based upon basic distillation theory and MATLAB® code developed previously 
(Bequette, 1998). The resulting distillate was 99.91 mol/mol butanol, and the bottoms were 
5.19% mol/mol butanol. To reach this bottoms purity, a reboil equivalent to the initial molar 
flowrate of butanol was used. The result of the optimal case presented here used a reboil of 5.3 
kmol/min.  
Table 6: Purification Parameters 
Assumption Value Unit Source 
Relative Volatility 13.4   (Halvorsen and Skogestad, 2000) 
Equilibrium Stages 8  HETP Calculated 
Operating Costs 
  Operating costs are volatile, being dependent on factors such as corn yields, oil prices, and other market demands for 
grain and biomass. Feedstock prices were gathered from ICIS and literature (Peters et al., 2003), and are listed in  
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Table 7. 
 
 
 
Table 7: Prices of key process inputs  
Assumption Value Unit Source
Glucose 0.34 $/kg  
Corn Steep Liquor 0.04 $/kg (Humbird et al., 2011) 
Water 5.3 $/1000 kg (Peters et al., 2003) 
Acetone 1.39 $/kg ICIS 
Hydrogen 2.00 $/kg (Doty, 2004) 
Butanol 1.98 $/kg ICIS 
Process Steam (790 kPa) 4.4 $/1000kg (Peters et al., 2003) 
Electricity 0.06 $/kWh (Peters et al., 2003) 
Wastewater 5.3 $/1000 kg (Peters et al., 2003) 
A sensitivity analysis was conducted for each scenario with a ±5% adjustment of every 
parameter in the model (minus annual production). Sensitivity analysis is reported in terms of 
percent change in minimum selling price (MSP), so as the process improves from the current to 
the long-term scenario, the actual change in MSP is unequal for each scenario. 
Results 
 Results from each scenario were evaluated under three distinct sets of assumptions. In 
the non-ideal separation (NIS), non-ideal catalysis (NIC) case, the separation and catalysis 
yields were set to whatever value was used in the scenario. In the NIS & ideal catalysis (IC) 
case, catalysis yields were set to 100%. In the ideal separation (IS) and IC case, both 
separation and catalysis yields were set to 100%.  
Current Scenario 
 In the current scenario, the largest portions of the cost come from fermentation and 
glucose. The difference between the NIS & NIC case and the IS &IC case illustrates the large 
cost of the yield losses in separation and catalysis. Figure 3 displays this descending trend from 
right to left in the various scenarios of ideal and non-ideal yields.  
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Figure 3: Cost Distributions for Three Cases in the Current Scenario. IS = ideal separation, IC = ideal catalysis, NIS = non‐ideal 
separation, NIC = non‐ideal catalysis. See text for additional details. 
 
Figure 4 provides a breakout of the base cost into feedstock (glucose, fermentation, separation, 
and catalysis costs (each bar). Furthermore, each component cost is broken into the charges 
due to losses in fermentation (lowest segment of each bar), separation (middle segment of each 
bar), and catalysis (top segment of each bar). Figure 5 illustrates a trickledown effect, namely 
that as product is lost at each stage, not only does more product have to be made, but the entire 
scale of the project has to increase to account for such losses. Note that catalytic losses makes 
up over 50% of all costs in the current scenario.  
 
 
Figure 4: Cost Allocation for Current Scenario 
The top 10 most sensitive parameters are listed in Figure 5. A majority of these parameters are 
associated with fermentation due to the high cost of fermentation in the current scenario. The 
second sensitivity analysis, Figure 6, sets out to examine how current inputs are affecting the 
model. The largest of these appearing to be parameters affecting yields in catalysis, and 
apparent similar values for terms in fermentation with a slight tendency toward titer.  
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Figure 5: Sensitivity Parameters Current Scenario 
 
 
 
Figure 6: Sensitivity Parameters Current Scenario 
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Figure 7: Sensitivity Inputs Current Scenario 
Short-term Scenario 
 This scenario takes an aim at improved inputs for fermentation due to its previously high 
cost in the current scenario. Under these assumptions (refer to Figure 1 for details), 
fermentation costs are significantly diminished with the greatest costs arising out of the 
feedstock and separation. However due to only improvements in the life of the catalyst 
improving in the catalysis steps, over 50% of the NIS and NIC scenario still arises out of the 
yield losses due to catalysis. Figure 9 illustrates how the magnitude of this effect can inhibit the 
economic feasibility of the process and that if this effect can be ignored; the MSP drops below 
$5 kg-1.  
 
 
Figure 8: Cost Distributions for Three Cases in the Short‐Term Scenario. IS = ideal separation, IC = ideal catalysis, NIS = non‐ideal 
separation, NIC = non‐ideal catalysis. See text for additional details. 
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Figure 9: Cost Allocation Short‐Term Scenario 
 The sensitivity analysis for this scenario is notably different than the one conducted for 
the current scenario. The greater costs came out of separation and glucose, of to which now the 
model attributes a greater sensitivity. The TAL molecule’s solubility in the solvent is critical in 
this scenario, and we also do not see as many of the key fermentation parameters as previously 
seen in the current scenario. Figure 11 continues this scheme as the yield losses in catalysis 
remain the most significant of the parameters followed by the yield of the product on glucose. 
Fermentation inputs have had a drastic shift, now more notably sensitive to yields on glucose 
than the productivity or titer. 
 
 
Figure 10: Sensitivity Parameters Short‐Term Scenario 
 15 
 
Figure 11: Sensitivity Parameters Short‐Term Scenario 
 
Figure 12: Sensitivity Inputs Short‐Term Scenario 
 
Long-term Scenario 
 With long term projections and following the sensitivity of our previous parameters, 
productivity was increased, titer was minimally increased, and yields were significantly 
increased in fermentation and catalysis. The lifespan of the catalyst was also increased for an 
all-around improvement in catalysis. These increases are demonstrated by Figure 13 and the 
minimal change between NIS and NIC to IS and IC; the largest costs occurring in the catalysis 
of TAL. No longer do the yield losses due to catalysis make up greater than 50% of the base 
cost, but rather, the cost results from the baseline fermentation.  
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Figure 13: Cost Distributions for Three Cases in the Long‐Term Scenario. IS = ideal separation, IC = ideal catalysis, NIS = non‐ideal 
separation, NIC = non‐ideal catalysis. See text for additional details. 
 
Figure 14: Cost Allocation Long‐Term Scenario 
 In the sensitivity analysis conducted for this scenario, costs are still arising mainly out of 
separation and therefore parameters regarding separation represent the greatest deal of 
sensitivity. As productivity and titer have increased, their sensitivity is less than most of the top 
10 parameters for this scenario. The yields for fermentation and catalysis will continue to remain 
sensitive through all scenarios because of the trickledown effect through all stages. This also 
should help describe the rest of the parameters and their sensitivity as the rest of the 
parameters must be less sensitive than time constant for adsorption at ±0.14% change in MSP.  
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Figure 15: Sensitivity Parameters Long‐Term Scenario 
 
Figure 16: Sensitivity Inputs Long‐Term Scenario 
Discussion 
 With sorbic acid prices soaring at a maximum around $4.50 kg-1, this process becomes 
economically feasible in the long-term scenario with a best production price of $3.27 kg-1. This 
production price corresponds to the NIS, IC of the long-term scenario because the yield losses 
in catalysis can feasibly be recovered with continued research. Separation losses cannot 
actually be recovered because the design of adsorption columns using an isotherm requires 
knowledge about the desired amount of recovered product. Larger scale designs might 
incorporate breakthrough curves, but the limitation of knowledge around this subject prohibited 
that. With current lab-scale results, the process is far from commercialization with yield losses 
more than doubling the scale of the entire process, fermentation producing minimal amounts of 
TAL, and extremely slow production of TAL in fermentation. Improvements to these 
fermentation parameters can drastically reduce the base price as seen in the short-term 
scenario providing a quick jump to numbers not as far off from commercial prices. The final step 
provides the necessary clamp down on yield losses to bring the base-case scenario within the 
realm of viability. However additional capital costs will be incurred to provide a final purification 
of this product which may add more costs, but the recovery of butanol from the molecule of butyl 
sorbate will also recognize significant savings.  
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 The current scenario suffers from a large capital costs due to low productivity. As 
productivity metrics improve, the cost decreases in a non-linear fashion. As separation appears 
to stand out in the short and long-term scenarios, further examination of these steps might 
provide the biggest insight into future techno-economics of the same and similar processes. 
While the model only takes into consideration replacement of the activated carbon adsorbent 
once per year, where it has been suggested that there might actually be a correlation between 
number of times the carbon is regenerated and carbon loss(Narbaitz and Benedek, 1983). Cost 
in catalysis can stand to be further examined but the costs are attributed to the production of 
butyl sorbate and less than $0.15 kg-1 are a result of reactors and catalysts. It has been 
examined though that the lifespan of the catalysts are vital to this. With a life of 1-year, the 
catalyst cost increases to near $0.50 kg-1. Ultimately another portion of significant cost is the 
use of acetone to wash and elute the amino acids off the columns. The amount of acetone use 
comes into question as the baseline cost in the long-term scenario is sensitive to its use and 
cost while very little data on the use of acetone exists. Further investigation of this process 
would benefit greatly from better understanding of activated carbon regeneration for the 
projection of long-term prices.  
  As the process improve, the inputs do not linearly transform the price, but rather 
follow an exponentially decay curve to a bottom line price. This indicates that while these small 
changes in inputs cause large shifts in the cost from the base-case scenario, large 
improvements from the long-term scenario will see very minimal improvement in the base cost. 
This kind of relationship also validates not examining scenarios beyond the identified long-term 
scenario as the exponential relationship will only make minimal improvements in the process.  
 
Conclusions 
 While final entry into the market will require overcoming some hurdles, this model 
suggest the potential feasibility of sorbic acid from TAL. Many uncertainties exist around this 
project, but the first pass analysis of this project presents the plausibility of achieving MSP’s of 
less than $4 kg-1. One study on the economic feasibility of this process will not be enough to 
confirm the viability projected in this study. Further studies should not only target improving the 
process, but confirming values that present the most sensitivity in the long-term scenario to 
decrease the risk associated with building a new chemical plant. The recommendation would 
also iteratively conduct economic feasibility analysis as the project continues to make progress 
to take into account the economic volatility of many projects, and bring to light new insights 
developed between each of the iterations. Economic analysis is not a one-pass process, but 
rather a continuous process that must undergo continuous revision from research and this is the 
first pass analysis of a potential route to sorbic acid.  
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